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Condensation of a vapour with incondensables:
an improved gas phase film model accounting
for the effect of mass transfer on film thickness
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Abstract—An improved gas phase film model is presented for calculation of local skin friction, heat and
mass transfer coefficients in condenser design. The model accounts for the effect of the local mass transfer
intensity on film thickness in turbulent flow. Predictions from the proposed model and from the classical
‘film theory" and ‘condensation curve’ methods are compared with experimental data for a saturated steam—
air mixture inside a 2 cm diameter tube under the following conditions: pressure, 1-1.5 bar; air mass
fraction, 2-30% ; inlet velocity, 5~50 m s~ '. Results indicate that for low values of the heat flux density
(and for low values of the condensation rate) the three methods above are in excellent agreement with
data. For high values of the heat flux density, the proposed model gives excellent agreement with the data
but the classical methods do not.

1. INTRODUCTION

DEeTERMINATION OF local traasfer coefficients during
condensation in the presence of noncondensablesis a
major task in designing condensers, Two types of
standard design theory are currently in use [1-3]: (a)
‘film theory’ models [4-7], based on a simplified analy-
sis of the momentum, heat and mass transfer gas phase
equations near the condensate interface ; and (b) ‘con-
densation curve’ methods 8, 9], based on the cal-
culation of an equilibrium temperature/specific
enthalpy curve for the two-phase mixture, thus
ignoring phenomena (mainly mass diffusion) associ-
ated with the real nonequilibrium between phases.

A formal comparison between these two methods
{1} shows that they give the same local results only
when the gas Lewis number is unity and the mass
transfer driving force is small. Otherwise the film
theory model is preferred.

Derivation of the film theory is presented at a fund-
amental level by Bird er al. [10], and reviewed in detail
by one of the authors [11].

The crucial point of the analysis is the closure con-
ditions assuming that the equivalent thickness of the
laminar film is invariant under mass transfer, allowing
one to eliminate it in the rest of the derivation. This
is in contradiction with the well-known fact that in a
turbulent flow the viscous sublayer thickness is an
increasing function of the suction rate at the wall [12-
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17). Since this thickness directly ‘controls’ the slope
of the velocity profile, it must affect the heat and mass
transfer coefficients as well.

The main objective of this paper is to develop an
analytical film model accounting for the effect above.
This is done by introducing a very simple turbulence
model which is valid in the near-interface region (vis-
cous sublayer). The final correlations obtained for the
transfer coefficients are easily compared with those
furnished by classical film theory and condensation
curve methods. In order to check the proposed model,
measurements of mean heat flux have been taken for
condensation of steam in the presence of air inside a
tube (Section 3).

2. ANALYTICAL MODEL

The conservation equations for the gas phase in a
thin layer near a smooth interface are discussed by
Bird et al. [10]. For turbulent flow condensation of a
vapour in the presence of a gas, we can write them as

(Fig. 1):
mass transfer
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parameter
¢ molar density of the mixture [kmol m~?]
cp specific heat capacity at constant pressure
Pkg 'K
specific heat capacity at constant pressure
of the noncondensable gas
PDkg='K™]
specific heat capacity at constant pressure
of the condensable vapour
Pkg='K™
skin friction coefficient
diffusivity [m*s~"]
heat transfer coefficient [Wm~=2K ']
mass transfer coefficient [ms™']
integral defined in equation (19)
Von Karman constant, 0.41
latent heat of vaporization [Jkg~']
mass flow rate of noncondensable gas
(kgs~']
mass flow rate of vapour [kgs™']
mass transfer flux at interface
[kgm~2s~"]
molar mass of vapour (kg kmol~']
pressure [Nm™7]
Pr Prandt]l number
Pr,  turbulent Prandt! number
P,  partial pressure of vapour [Nm~?]
0 average heat transfer rate [W]
Rp  mass transfer driving force,
( Yv.m - vn)/(l - Yv.i)
Sc¢  Schmidt number
Sc,  turbulent Schmidt number
St heat transfer Stanton number
T temperature [K]

"

X

u velocity [ms~']
y coordinate normal to the interface [m]
Vs nominal viscous sublayer thickness [m]

NOMENCLATURE

Y, molar fraction of vapour.

Greek symbols
a thermal diffusivity {m?*s~']
B parameter
¥ Ya.olYs
€ hydrodynamic turbulent diffusivity
[m?s™1)
n Yy,
i thermal conductivity [Wm~'K™']
7 dynamic viscosity [kgm~'s~']
v kinematic viscosity [m?s~']
p density [kgm™?]
T, shear stress at interface [Nm™?]
@ heat flux at interface [Wm™?
o 2mV.I /umcf.op
‘DT mv,lcp.v/ho
¥ parameter.
Subscripts
D diffusional
f friction
g noncondensable gas
i at the interface
in at the inlet of the test section
m bulk value
out  at the outlet of the test section
s at the viscous sublayer boundary
sat  at saturation conditions
t turbulent
T thermal
v vapour
0 in the absence of mass transfer.
Superscripts
+ dimensionless with respect to 1, p, v
* at equilibrium between phases.

skin friction
du
1, = mv.i(u—u.)+p(V+s)a; 3

where m,, is the vapour mass flux at the liquid-gas
interface (y = 0) and Y, is the molar fraction of the
vapour. The terms &p, & and & are respectively the
eddy mass diffusivity, the eddy thermal diffusivity and
the eddy viscosity. Other terms have the usual
notation.

In these equations, the transfer coefficients are
defined to be proportional to the diffusion fluxes at
the liquid-vapour interface

mv.l(l — Yv.l) - m,,
hD - c-’”v(yv.m - Yv.l) B CV,{VRD (4)
@
h= T -7 )

T

O = =)

(6

where Ry = (Y, n— Y,.)/(1-Y,,) is the normalized
difference of the vapour molar fractions representing
the mass transfer driving force.

In the vicinity of the interface, it can be proved from
continuity considerations [12] that

e=0(y%) fory—0. (7

This is the so-called Reichardt criterion, which is valid
in the viscous sublayer. Scaling equation (7), we have

S

In order to obtain the scales in the above equation,
we adopt temporarily a ‘two-layer’ picture for the
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FiG. 1. Schematic diagram of the velocity (v), temperature
(T) and vapour fraction (Y,) profiles near the liquid—gas
interface as a function of the y-coordinate (perpendicular to

the fluid motion). The subscripts m and i refer to the bulk
and interface values, respectively.

velocity profile. Let us assume that at the boundary
y =y, for the viscous sublayer, and ¢/v satisfies
Prandt!’s generalized mixing length theory [17]

1(e\ _yJ@io) _ , [t
7((3), Ty Th \/<T—.) ®

Since this parameter has the character of a local tran-
sition Reynolds number, we assume after Kendall et
al. [12] that it has the same value when the viscous
sublayer velocity profile intercepts the fully turbulent
profile (at y,), whatever the mass transfer flux. This
value can thus be obtained from velocity profile data
in the absence of mass transfer. In this case, the vis-
cous sublayer linear profile meets the logarithmic pro-

file when
1{e .
E(;) = Vso0 = 10.7

from Clauser’s data [18]. Equations (9) and (10) give
yi as a function of .

The latter is obtained by integrating equation (3)
far from the liquid—vapour interface where v « ¢. After
Kendall et al. [12], the velocity profile can be written
as

y—s = i{l_[_"L.n (1)
L m,, ZK\/(pT,) Vs

—exp (- —'"zﬂyﬂz} (11

For y = y,, we obtain 1, as

(10)

Ty = ‘E;—mv‘,(ll,—ll,) =T1,€Xp (_ ﬁ%&> (12)

This completes the determination of the scales in
equation (7). Thus, the turbulence model near the
interface (viscous sublayer) is
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3
S 4
D= Ky,.o(y) (13)
where, from equations (9), (10) and (12)
YE = yieexp (%T;i) (14)

with yf, given by equation (10). Taking as usual
{13, 17)

€
Pr, = — = const.
ér

(15

£
Sc, = — = const.
ép

and taking into account the turbulence model given
by equation (13), equations (1)-(3) become

""v.|(1 - Yv.t) = mv,l(Yv - Yv.n)

Se . (yY]dr,

cenf iS22
@, = mv.lcp.v(T— T)

Pr yY |dT

iy ST EA B bl
+pc,,a[l+ Br Ky,,o< ,)]dy an

3

= s 2] [

u=m,(u u.)+PV|:1+Ky,.o(ys)]dy- (18)

Integration of the above equations yields the profiles
near the interface as functions of integrals of the fol-
lowing form:

" bdn
I(bn) = J; T+on’ 19
where
n= yi (20a)
se . \* (P . \°
b= (S_qu"o) s E:Kys.o s
(Kyio) . (20b)

Since we are concerned with correlating the transfer
coefficients in a simple way, we impose the bulk con-
ditions in the profiles as

Yv(w) = Yv,m
T(o)=T,
w(o0) = u, o)

and the above integrals become

2n
I(bn) = [(0) = ——.

(bn) = I(0) W

With the above conditions, the profiles are solved for
m,;, @; and 7, resulting in the following expressions
for the transfer coefficients :
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1 [Kyo\? ({2 Sc"\In(1-Rp)~"
”"‘I(eo)(Scl) ’, Ro (22)

h = mV.Icp,v
PI" 1:3 ys
-] i) (i
(23)
2m,,
Cr = p(um - un) (24)

l 1/3 *
1—exp [- 1(00)( Km) (%)»;]

These expressions can be put in a form similar to the
classical film theory results by first writing equations
(22)-(24) for the limiting case of m,, — 0 (thus
Rp — 0 also). The transfer coefficients hg ¢, hgand C;,
then reduce to

1 K,V:o 13 9 Sch}

oo = I(oo)[ e ] oo @

1 [ Kyh [ AP
ho = l(oo)[ Pr. ) e 26)

1 2v
Cro = —[Ky)| ——— 1| (7
f.0 I(OO)[ y‘°][(um—u.)ys.o] 27N

These coefficients are related by

Fo0 gean seir = M0 ppas pro 2 S0 ()

m PCplim

where we have made the assumption ¥, « u,. Equa-
tion (28) reduces to the Colburn analogy since Sc, and
Pr, are nearly unity for gases in wall shear flow
[13, 17).

In terms of Ap o, Ay and Cpy, equations (22)-(24)
are expressed in the final form

ho (y,o)ln(l—RD)-'
ALY (P4 U S 29
hp.o Vs Rp (29)
o
L T (30)
ko l—exp(-CD y,)
T)’s.o
G0 a1
1.0 Vs
]—expl{ —@
p( J’s‘o)
with
@, = Tuloy (32a)
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_ Im,, 19
B PUnCro’ (326)
The ratio »,,'y, is determined from equation (14).
Since this equation is not in a convenient form for
condenser design. we combine it with equations (31),
(29), (28) and (4) to get

Yo _ Yexp(=BY)

= vy l—exp(—¥) (33)
where
B =yl (Sto Pri?) (34)
L{’=(I)li:C;/—/—“Sc‘”ln(l-—R,)) (39
Yoo P

Equations (29)—(35) are the proposed model for the
transfer coefficients. They reduce to the classical film
theory correction factors [10] when the parameter ;
(equation (33)) is taken to be unity. Indeed, this cor-
responds to the assumption of invariance of film thick-
ness in the derivation of the classical film results.
For the present model, however, ¥ — 1 only when
Ry, — 0; that is, for low mass transfer rates. Otherwise
y is always less than unity, and decreases as Rp
increases. The growth of the laminar sublayer thick-
ness during mass transfer towards an interface for
turbulent flow is a typical result in turbulence theory
[12-17]. Here it is made clear by equation (33).

In the ‘condensation curve’ method [8. 9], the liquid
and gas phases are assumed to be approximately in
equilibrium. so that [1]

1 dp,
“_—Y—)—P[Wl (T.—T). (36)

Since the driving force above tends to zero at equi-
librium (low mass transfer rates) this method is equi-
valent to setting the correction factors to unity in
equations (29)-(31), and the mass transfer coefficient
is shown to be given by [11]

14

Ry =Ry =

h

7

=)

ht =

(37

©

which is equivalent to setting the gas phase Lewis
number to unity in the Colburn analogy.

The three models above were applied to predict the
global performances for condensation of a steam-—
air mixture inside a horizontal tube. The procedure
adopted was to evaluate the local transfer coefficients
from the local conditions of the mixture. and to deter-
mine the fluxes from equations (4)-(6) to be used in
the integration of suitable mass, enthalpy and momen-
tum balances over a small axial step width. The new
conditions obtained from these were used to evaluate
the local transfer coefficients in the next step, and so
on. Total heat transfer (sensible plus latent) to the
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coolant was computed in each step, allowing for the
evaluation of the heat power at the end of the tube as
well as the outlet conditions. Determination of the
transfer coefficients generally involved an iterative
procedure to evaluate the interface temperature T, at
each step, from which Y,, is determined (saturated
condition at interface). The same method proposed in
ref. (4], based on guessing T,, was adopted for the
three models. In the case of the proposed model, we
first determined y and ¥ (equations (33) and (35))
from the assumed value of 7, before evaluating the
correction factors by equations (29)—(31). The entire
numerical procedure using a fourth-order Runge-
Kutta algorithm and a Newton-Raphson technique
to determine 7, is described in detail in ref. [11].

3. EXPERIMENTAL APPARATUS AND
PROCEDURE

The test section consisted of two horizontal, copper
made, smooth concentric tubes of 2 and 3 cm inner
diameter. A steam-air mixture flowed in the central
tube, with the coolant (water) in the annulus (counter-
flow). Two tube lengths were used: 4 m in the first
series of runs, and 2 m in the second series.

The entire test facility is shown schematically in
Fig. 2. Steam was generated from distilled water in
the shell-side of a 2.5 bar shell and tube boiler. Air
from a 6 bar control vessel was passed by a flow meter
and electrically heated to the same temperature of the
saturated steam. Both fluids were passed through a
mixing section and the mixture was directed to the
test section via a 1 m calming length. At the outlet of
the test section, the condensate plus the gas phase were
separated in a cyclone, allowing the measurement of
the condensate in a calibrated tank beneath the
cyclone, whereas the gas phase was in general rejected
into the atmosphere.

On the coolant side, distilled water was circulated
through a flow meter and directed to the test section.
At the outlet, it was cooled in a heat exchanger before
returning to the pump. The whole test facility
described above was thermally well insulated.

The boiler temperature was automatically regulated
to the desired value by the pneumatic valve VA3 acting
on the tube side (industrial steam at 3 bar) supply of
the boiler. The pressure at the inlet of the test section
was also automatically regulated by the pneumatic
valve VA4 at the gas phase exit. These two regulations,
plus the air flow rate imposed by the flow meter,
sufficed to fix the steam flow rate. On the coolant side,
the inlet temperature of the water was regulated by
the valve VA6, acting on the cold side supply of the
heat exchanger. Points of measurement of tempera-
tures and pressures are indicated in Fig. 2. Tempera-
tures were measured by using co-axial chromel-
alumel  thermocouples previously calibrated
(£0.1°C). Pressures were measured with a man-
ometer (0.5% accuracy), and the ambient pressure
was determined with a standard mercury barometer.

The steam mass flow rate at the inlet of the test
section was obtained from the measured condensate
and air mass flow rates with the saturation condition
of steam at the outlet. Since temperature and pressure
at the outlet were known, this method allowed us to
evaluate first the steam mass flow rate at the outlet,
which was added to the condensate flow rate to obtain
the inlet steam mass flow rate. In preliminary tests, as
well as in all pure steam runs, arrangements were
incorporated to obtain another measure of the inlet
steam flow rate by collecting distilled water in the
boiler over a measured time interval. The latter
method gave results about 5% greater than the
former, the difference being mainly attributed to the
liquid flow rate rejected in the purge cork before the
test section.
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The average heat transfer rate (latent plus sensible)
to the coolant was obtained from the measured tem-
perature and flow rates via a global enthalpy balance
for the mixture. This gives the heat transfer rate to
the coolant as

Q = Mccnd gs
+ (Mv,mcp.\ +Mgcp.g)(Tm,m - Tm.out) (38)

where M 04, M., and M, are the mass flow rates of,
respectively, the condensate, the inlet steam and the
noncondensable gas. &, is the latent heat.

By dividing Q by the inner surface area of the cen-
tral tube, we obtained the average heat flux. This
method was preferred in relation to the derivation
based on the enthalpy balance for the coolant for two
reasons : (a) the latent heat contribution (first term in
equation (38)) was much greater than the sensible one
and (b) the heat loss from the coolant to ambient,
although small, was difficult to evaluate precisely.

Some preliminary runs were made in order to verify
the validity of the following correlations used in the
computer program: (a) Colburn’s formula for the
Nusselt number for the coolant in the annulus and
(b) Nusselt’s analysis for uniform wall heat flux con-
densation of pure steam in the central tube. To verify
Colburn’s formula, runs were performed with hot
water in the central tube, the wall thermal resistance
being well known. Results were in very good agree-
ment with calculations using Colburn’s correlation
on both sides. For condensation of pure steam, we
adopted the classical Nusselt analysis with the
assumption of uniform wall heat flux. This gives a
correlation for the condensate resistance 6% greater
than the classical formula for uniform wall tempera-
ture. Experimental results obtained [11] for this case
showed that the agreement in terms of the calculated
and measured mean heat flux was also very good (1-
3%). The condensate resistance was low in com-
parison to that of the coolant (calculated from
Colburn’s formula).

4. RESULTS AND DISCUSSION

4.1. Experiments with a 4 m long tube

Experiments were carried out for inlet air mass
fractions varying from 0 to 24%. Average heat flux,
outlet temperatures and vapor fractions were mea-
sured and compared to the values calculated from the
three previously described theories.

For example, Fig. 3 presents the variation of the
local heat fluxes calculated from the theories for an
input noncondensable gas fraction of 8%, as a func-
tion of the condenser length. Also, the measured and
computed values of the average heat flux are
presented. Although the variation of the local heat
flux is different from one theory to the other, the
theoretical average values are in agreement with each
other and with the experimental data. Such behaviour
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FiG. 3. Heat flux calculated from the three theories (con-

densation curve, classical film theory and proposed model)

as a function of axial distance (4 m long test section).

The average values of the three models are identical and
represented by the horizontal line.

can also be observed in Fig. 4 where the evolutions of
the temperatures are shown.

This can be explained by considering Fig. 5, in
which the variations of the condensed mass fractions
are presented as a function of the condenser length.
It can be seen that in the three cases the vapour is
completely condensed at the tube end. Therefore, the
average heat fluxes are the same.

Important observations can be made from these
curves for condenser dimensioning :

(i) with respect to condensation curve theory. only
the first half of the tube is efficient ;

(ii) in classical film theory more condenser length
is needed ;

(iii) in the proposed model, the whole length (4 m)
is necessary for a complete condensation.

4.2. Experiments with a 2 m long tube

One way to observe the differences between the
three theories is to reduce the tube length. Indeed, in
this case, the vapour will not necessarily be completely

o
M
w
[
:
w I —— CONDENSATION CURVE
8 sof.... CLASSICAL FILM THEORY
t .. PROPOSED MODEL
1 A EXPERMENTAL POINT
0 1 2 3 4

AXIAL DISTANCE {(m)

FiG. 4 Mean fluid temperature calculated from the three
theories (condensation curve, classical film theory and pro-
posed model) as a function of axial distance (4 m long test
section). Comparison with the outlet measured value (A).
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F1G. 5. Condensed fraction calculated from the three theories
(condensation curve, classical film theory and proposed
model) as a function of axial distance (4 m long test section).

condensed. As the outlet vapour quality is measured,
there will be a direct comparison between theoretical
and experimental values. Moreover, the evolutions of
the local heat flux differ from one theory to the other,
so the calculated average heat flux will also be different
and will be compared to the experimental values.

Experiments were carried out for inlet air fractions
varying from 0 to 9%. The same measurements as for
the 4 m long tube were taken. The case of the 5% air
fraction is presented in Figs. 6-8. From the results
of Fig. 6, the average heat fluxes are calculated and
presented in Table 1 together with the proposed
model. In Fig. 7, the evolution of the temperatures
along the condenser is shown. The outlet temperature
is clearly better represented by the proposed model of
the variable thickness film. The most decisive test is
to compare the outlet vapour qualities as shown in
Fig. 8. It is seen that only the proposed model is in
close agreement with the experimental value.

This experiment corresponds to an average heat

|
'-\..-"“\\ 4
| N
§ 10 |- \ N -
E3 \
2z [ \. ) ]
5 \ b
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4 \\‘
: ) 4
" 9
‘i’ ——— CONDENSATION CURVE \\.\.
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[ emaan CLASSICAL FLM THEORY “so ~.]
b S~eo 9
.- PROPOSED WMOOE >~
o PP | PRV S
] 1 2

AXIAL DISTANCE (m)

FiG. 6. Heat flux calculated from the three theories (con-
densation curve, classical film theory and proposed model)
as a function of axial distance (2 m long test section).
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FiG. 7. Mean fluid temperature calculated from the three
theories (condensation curve, classical film theory and pro-
posed model) as a function of axial distance (2 m long test
section). Comparison with the outlet measured value (A).

flux of 7.7 W cm™ . Other similar experiments were
carried out for a different average flux and the results
are presented in Fig. 9. The measured outlet mass
fraction is reported as a function of the average heat
flux together with the theoretical curves calculated
from the three theories (condensation curve. classical
film theory, proposed model). It can be seen that the
best agreement is obtained with the proposed model.

From a general point of view, the previous figures
show a progressive improvement from the condensa-
tion curve model to the present one. It has already
been observed that the differences between the
proposed and the other models are greater for the
largest values of Ry, the three models becoming iden-
tical as Rp — 0. In the present analysis, the value of
Ry was between 0.5 and 0.9 (Fig. 10), therefore the
observed results are different from the theory, as
expected. The models were also compared for a lower
value of Ry, namely Ry, = 0.18 [11]. In this case, the
three models gave close results.

CONDENSATION CURVE

CLASSICAL FILM THEORY

VAPOUR MASS FRACTION

PROPOSED MODEL

T A EXPERIMENTAL POINT

P P |

] 1 2

AXIAL DISTANCE (m)

FiG. 8. Vapour quality calculated from the three theories

(condensation curve, classical film theory and proposed

model) as a function of axial distance (2 m long test section).
Comparison with the outlet measured value (A).
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Table |. Comparison of measured average heat flux with

theoretical values calculated from three theories: the con-

densation curve theory, the classical film theory and the
proposed model

Average heat flux

Theory (Wem-?)
Condensation curve 8.21
Classical film theory 8.09
Proposed model 7.69
Experimental value 7.70+£0.06

5. CONCLUSION

Analytical models of condensation of a vapour with
a noncondensable gas, in turbulent forced convection,
can be classified into two categories: (i) the con-
densation curve methods based on the determination
of an equilibrium curve of mixture specific enthalpy
as a function of temperature. These methods do not
take into account the mass transfer aspect of the prob-
lem; (ii) the models based on gaseous film theory, in
which are studied mass, heat and momentum transfer
in a thin film, enriched with noncondensable gas
located near the condensate.

The present model belongs to the second category,
whose models are more general and are not based on
an equilibrium hypothesis. The classical theories of
the gaseous film, as already published, allow one to
write the local mass and heat transfer coefficients 4
and A as

ho = hpo f(Rp)
h = hog(mv..)
C, = Crok(m,,)

! CONDENSATION CURVE
[ ———— CLASSICAL FILM THEORY
Z [ —.—— PROPOSED MODEL
H
g A excervenac POINTSA 1
& P
g par \ 1
e
Qs - . —
§ //A //,
A -’
E P
- rd -y
- ,”
Y ——
3 |
S —

o 4 S L] 7 8 9

AVERAGE MEAT FLUX (W/em?)

FIG. 9. Outlet vapour quality calculated from the three

theories (condensation curve, classical film theory and pro-

posed model) as a function of average heat flux. Comparison
with experimental values (A).
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F1G. 10. Mass transfer driving force Ry, calculated from the

three theories (condensation curve, classical film theory and

proposed model) as a function of axial distance (2 m long
test section).

where m,, is the local mass transfer rate. Ry can rep-
resent the driving force of the mass transfer and is
defined by

Yv.m - Y\ 4

Ro=—"7

with
O0SR, <Y, <L

However, such models show some deficiencies due to
the hypothesis of a laminar film whose thickness is
constant.

The model presented in this work. by taking into
account the turbulence near the condensate, allows
the description of the variation of the film thickness
as a function of the local rate of mass transfer. New
analytical formulas (equations (29)—(35)) of the fol-
lowing form have been obtained :

hy = hD,o'/f(Ro)
h = hog'(y.m, )
Cr = Crok’(y.m, )

where 7y is the ratio of the film thickness with and
without turbulence, which is a function of Rp only.

The two models give the same results as m,, tends
to zero (or Rp — 0). Moreover, when this condition
is fulfilled and if the Lewis number equals unity, the
condensation curve results are also obtained. The
driving force of the mass transfer Ry is an important
parameter in calculating the heat and mass transfer
coefficients and, thus, in dimensioning condensers.

An experiment has been carried out to test the
model, studying the condensation of water vapour in
the presence of air inside a horizontal tube. Exper-
imental data have been compared with the three
theories (condensation curve, constant thickness and
variable film thickness models). The best agreement
has been obtained with the proposed model, especially
in the case of a high mass transfer rate (Rp =~ 0.9).
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From a theoretical point of view, the proposed
model gives close agreement with experimental data
by taking into account a phenomenon usually
neglected in analytical models: the variation of the
gaseous film thickness due to turbulence.

From a practical point of view, this new model will
permit more accurate dimensioning of condensers.
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CONDENSATION D'UNE VAPEUR EN PRESENCE D'INCONDENSABLES: NOUVEAU
MODELE DE FILM GAZEUX D’EPAISSEUR VARIABLE

Résumé—On présente un modéle de film gazeux permettant le calcul du coefficient de frottement et des
coefficients de transfert de chaleur et de masse lors de la condensation d’une vapeur en présence d'un gaz
incondensable. Ce modéle tient compte de I'influence de I'intensité du transfert de masse sur I'épaisseur du
film gazeux en écoulement turbulent. Les prévisions de ce modéle ainsi que celles de la théorie classique
du film et de la méthode de la courbe de condensation sont comparées aux résultats expérimentaux obténus
a I'aide d’un mélange saturé vapeur d’eau-air circulant a I'intérieur d’un tube de 2 cm de diamétre dans
les conditions suivantes : pression, 1-1,5 bar; fraction massique d’air, 2-30% ; vitesse d’entrée, 5-50 ms™".
Les résultats montrent que pour de faibles valeurs de la densité de flux (et du taux de condensation) les
trois méthodes citées sont en excellent accord avec les données expérimentales. Pour les fortes valeurs de
Ia densité de flux, le modéle proposé rend seul compte correctement des résultats expérimentaux.

KONDENSATION EINES DAMPFES MIT INERTGASEN—EIN VERBESSERTES
FILMMODELL FUR DIE GASPHASE UNTER BERUCKSICHTIGUNG DES EINFLUSSES
DURCH STOFFTRANSPORT AUF DIE FILMDICKE

Zusammenfassung—Es wird ein verbessertes Filmmodell zur Berechnung lokaler Reibungsbeiwerte, Wirme-
und Stoffiibergangskoeffizienten zur Auslegung von Kondensatoren vorgestellt. Das Modell beriick-
sichtigt den Einflul des lokalen Stofftransports auf die Grenzschichtdicke einer turbulenten Strémung. Die
Berechnungen mit dem vorgestellten Modell sowie nach der klassischen Filmtheorie und der Methode
der Kondensationskurve werden mit experimentellen Daten verglichen. Der Vergleich erfolgt fiir die
Kondensation eines gesittigten Wasserdampf/Luft-Gemisches in einem Rohr mit 2 cm Durchmesser und
folgenden Randbedingungen: Druck, 1-1,5 bar; Massenanteil der Luft, 2-30% ; Geschwindigkeit am
Eintritt, 5-50 m s~'. Die Ergebnisse zeigen, daB fiir niedrige Warmestromdichte (und damit kleinen Werten
der Kondensationsrate) alle drei Methoden in guter Ubereinstimmung mit den MeBwerten sind. Fiir hohe
Werte der Warmestromdichte liefert das hier vorgestellte Modell im Gegensatz zu den klassischen Methoden
ebenfalls eine exzellente Ubereinstimmung.
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KOHAOEHCALIUA MAPA ITPU HAJTMMHUHU HEKOHAEHCHUPYIOIMUXCA BEMECTB:
YCOBEPIHEHCTBOBAHHAA MOJEJIb, YUYHTBIBAIOMASA BIUAHUE
MACCOITEPEHOCA HA TOJIHUHHY IIJIEHKH

Amnotaums—ONUCHIBACTCA YCOBEPIICHCTBOBAHHAA MOENb, TO3BOIAIOUIAA PACCYHTATH JIOKAIbHBIC 3HA-
YEHHA TPCHHSA B MOTPAHHYHOM CJIOC, a TakkKe KOIPPHUMEHTH TEIUIO- H MAaCCOMEPEHOCa IPH KOHCTPYHPO-
BaHHH KOHACHCaTOopa. Mozecab YYHTHIBACT BJAHAHHC HHTCHCHBHOCTH /IOKaJBHOTO MacCONEPCHOCa Ha
TOJMMUMHY TUICHKH MPH TYPOYJICHTHOM Te4cHHH. PaceThl no mpeiokeHHON MoaeTH, a Takke ¢ NpHMe-
HCHHCM KJIACCHYECKHX METOMOB IUICHOYHON TEOPHH M KPHBOH KOHICHCALHMH CPaBHHBAIOTCA C IKCNCPH-
MCHTAIbHBIMA NaHHBIMH JUIS TeYEHHS HACHILICHHOH NapOBO3AYUIHOH CMecH B TPyGe AHaMETPOM 2 CM
NpH CIEAYIOUIMX YCAOBHAX: AasjieHne 1-1,5 6ap; secopas nossa Bo3nyxa 2-30%; ckopocTb Ha BXoxe
5-50 M - c~!. Pe3aynbTaThl NOKA3L(BAIOT, ¥TO NPH HHIKUX 3HAYEHHAX IUTOTHOCTH TEILIOBHLIX MOTOKOB (a
TaKKe Majbix CKOPOCTAX KOHACHCALHH) TPH YKa3aHHBIX METOJAa XOPOLWIO COTJIAaCyIOTCH ¢ IKCNCPHMEH-
Tom. TIpH BHICOKHX Xe¢ 3HAYCHHAX MAOTHOCTH TEILIOBBIX NOTOKOB C JKCIEPHMEHTOM XOPOLIO COrJia-
CYIOTCA PE3yNBTATH, NOyYCHHBE MO NPEUIOKEHHON MOJeH, a He ¢ NPHMEHEHHEM KJACCHYCCKHX
METONOB.



